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Abstract

A novel simulated moving bed reactor (SMBR) application for p-xylene production, which combines xylene isomerization and selective
adsorption operating in liquid phase, at temperatures between 453 and 573 K is proposed. The SMBR unit configuration and principle of operation
are explained. Experimentally determined xylenes adsorption equilibrium and kinetics parameters are used in the description of the xylene adsorption
step. The reaction kinetics reported in the literature is used in the modelling of a fixed bed isomerization reactor. The equivalent true moving bed
reactor (TMBR) modelling strategy is applied in modelling of the SMBR unit for p-xylene production. The steady state model assumes axial
dispersion, coupled external and internal mass transfer resistances, and multicomponent Langmuir isotherms. The influence of the switching time,
operating temperature and length of the reactors on process performance is presented for two different feed compositions: (A) xylenes composition
is the same as in the feed used in a PAREX unit; (B) xylenes composition is the same as in the raffinate stream from the PAREX unit (both cases

calculated on ethylbenzene and desorbent free basis).
© 2007 Elsevier B.V. All rights reserved.
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1. Introduction

The multifunctional reactor concept that combines reaction
and separation within a single unit has been the subject of con-
siderable attention in both university and industrial research [1].
Various theoretical works analyse the thermodynamic benefits
of multifunctional reactors [2-4] or develop complete process
structures [5]. Generalized and well-structured concepts have to
be examined in the light of the real chemical systems in order to
back-up the existing methodologies with practical features [6].

There is a general agreement that the integration of reaction
and separation is a useful and powerful tool in chemical reaction
engineering. However, the number of industrial applications is
still relatively low and the main reasons are [7]: (i) it is often
difficult to identify processes that need improvement by reactive
separation; (ii) it is difficult to develop and design continuous
counter current reactive separations because of their complex
nature and the larger amount of kinetic data and physical param-
eters that are required; and (iii) the development of a reactive
separation process is expensive and risky.

* Corresponding author. Tel.: +351 22 5081671; fax: +351 22 5081674.
E-mail address: arodrig@fe.up.pt (A.E. Rodrigues).
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Integration of reaction and separation steps in one single unit
has the obvious economical advantage of reducing the cost of
unit operations for downstream purification steps. Besides reac-
tive distillation, reactive extraction or membrane reactors, the
combination of (bio) chemical reaction with simulated mov-
ing bed (SMB) chromatographic separator has been subject
of considerable attention in the last 10 years. This integrated
reaction-separation technology adopts the name of simulated
moving bed reactor (SMBR). The first application of SMBR in
zeolite catalysed alkylation reaction was patented by Zabrinsky
and Andersonin 1977 [8]. One of the reasons for the recent grow-
ing interest in SMBR is the success in SMB industrialization and
its potential for the use as integrated reactor-separator.

Fig. 1a shows a scheme of an SMBR and the principle of its
operation. The SMBR consists of a set of packed columns, of
uniform cross section and length L., interconnected in a closed
circuit. The columns are packed with a solid, which acts as
both adsorbent and catalyst or a mixture of both. There are two
inlet streams (feed and eluent/desorbent) and two outlet streams
(extract and raffinate). Let us consider areactionA — B+ C. The
reactant A is used as feed, product B, which is more strongly
adsorbed component in the solid, is collected in the extract. The
raffinate port collects the C enriched product. At regular time
intervals, called switching time ¢*, the inlet and outlet ports are
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Nomenclature

A reactor (adsorber) cross-section area (m?)

c fluid concentration (kg/m3)

Cp average pore concentrations (kg/m?>)

d. diameter of the column (m)

D effective diffusivity (m?/s)

DE p-xylene deviation from equilibrium (%)

Dy, axial dispersion coefficient (m?/s)

Dy, molecular diffusivity (m?/s)

Dy pore diffusivity (m?/s)

E; activation energy of reaction / (J/mol)

AG°  standard Gibbs energy of reaction (J/mol)

AH°®  standard enthalpy of reaction (J/mol)

AHP  standard molar enthalpy (heat) of formation
(J/mol)

kr global mass transfer coefficient (m/s)

k, kinetic constants for n reaction (m3/skg catalyst)

K adsorption equilibrium constant (m3/kg)

KMP, KMO, KOP equilibrium reaction constants for m-

xylene to p-xylene, m-xylene to oxylene and o-
xylene to p-xylene reactions, respectively
length of the column (m)

LWHSYV liquid weight hourly space velocity (Qpl/mcat)

(kg/(kgcatalyst h))

mass of catalyst (kg)

pressure (Pa)

Peclet number

raffinate productivity (kg/h m?)
raffinate purity (%)

extract purity (%)

adsorbed phase concentration in equilibrium with
cp (kgrkg)

flow rate (m3/s)

saturation adsorption capacity (kg/kg)
particle radius (m)

rate of the chemical reaction (s~1)
gas constant (J/(mol K))

Reynolds number relative to particle, velocity
standard molar entropy (J/mol)
standard entropy of reaction (J/mol)
Schmidt number

desorbent consumption (m3/kg)
Sherwood number relative to particle
time variable (s)

temperature (K)

reference temperature (K)

solid velocity (m/s)

interstitial liquid velocity (m/s)

axial coordinate (m)

Greek letters

y ratio between the liquid and solid interstitial
velocity

& bed porosity

&p particle porosity

7 liquid viscosity (kg/(ms))

01 average liquid density (kg/m>)

Pp particle density (kg/m?)

T tortuosity

Subscripts and superscripts
E, X, D, F, R eluent, desorbent, extract, feed and raffinate,

respectively.

number of components (i = px, mx, ox, desorbent)
Jj number of column (j=1, 2, ..., N)
l number of reaction (/=1, —1, 2, —2, 3, —3)

switched in the direction of fluid flow for one column. A cycle is
completed when the number of switches is equal to the number
of columns. In this way, the counter current motion of the solid
is simulated with velocity ug = L./t*.

The relative motion of the chemical species in an SMBR can
be easily understood by considering an equivalent true moving
bed reactor (TMBR). In the TMBR (see Fig. 1b) the position of
the inlet and outlet streams is kept unchanged. The solid really
moves in the opposite direction to the fluid flow. According to
the position of the inlet and outlet stream the unit can be divided
in four zones. In zone 1, placed between the eluent and extract
nodes, the adsorbent (and/or catalyst) is regenerated by remov-
ing the more strongly adsorbed product (B) from the adsorbent
(and/or catalyst). The adsorbent (and/or catalyst) from the
beginning of this zone is recycled to zone 4 in form of clean
adsorbent. In zone 2, between the extract and feed node, the
reaction is taking place and products (B and C) are formed.
The less adsorbed product (C) is desorbed and transported with
the liquid in direction of the raffinate port. The more strongly
adsorbed product B is adsorbed and transported with the solid
phase to the extract port. Zone 3 is between the feed and raf-
finate node. The task of this zone is the same as zone 2, the
reaction goes on and the products are formed, component B is
retained and carried out with the adsorbent and component C is
collected in the raffinate. In zone 4, placed between the raffinate
and eluent/desorbent node, the eluent/desorbent is regenerated
before being recycled to zone 1. The component C is adsorbed
and transported back to the zone 3 with the solid phase.

The SMBR technology is usually considered for: (i)
reversible reactions where the conversion is limited by the chem-
ical equilibrium; in this case the removal of products as they are
formed allows achieving conversions well beyond equilibrium
values; (ii) reactions in series or in parallel, it may be possible
the selective separation of desired intermediate species and (iii)
when a reaction product has an inhibiting or poisoning effects,
its removal from the reaction medium also promotes enhanced
yield.
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Fig. 1. Schematic diagram of (a) SMBR and (b) TMBR for reaction A — B+ C.

Regarding to the adsorbent and catalyst, there are two pos-
sible scenarios in the SMBR: (i) adsorbent and catalyst are two
different materials; or (ii) catalyst and adsorbent are present in
the same pellet. For most of the applications developed up to
the mid 1990s, catalyst and adsorbent are essentially different
materials, which may be mixed or arranged in alternate columns
[9].

Another important aspect when considering the coupling of
reaction and separation are the operating conditions used in both
steps. If reaction and separation occur at different temperatures
the SMBR technology is not applicable since the temperature
gradients cannot be conveniently handled within the unit. Maz-
zotti et al. [10] investigated the esterification of acetic acid in an
SMBR as a model reaction for which these effects are overcome.

Depending on the reactive system some interesting arrange-
ments of the general SMBR setup can be found in the literature.
If the less adsorbed product (component C in Fig. 1) is not
adsorbed, the recycling of the eluent is not possible; there-
fore zone 4 can be eliminated [11]. On other hand, if, for the
regeneration of the solid, a change of the operating conditions
(temperature, pressure or type of eluent or desorbent) has to
be applied, it would be more convenient to decouple zone 1
from the central unit [12]. For highly exothermic gas phase reac-
tions it can be advantageous to use an alternative rearrangement

of the purely catalytic and purely adsorptive columns in order
to have better control of the internal temperature profiles [13].
Also, for reaction of type A <> B, Hashimoto and co-workers
[9] used alternatively rearrangement of the columns, separating
the columns where the reaction and separation takes place. A
summary of the SMBR applications is presented in Table 1.

The selection of the operating parameters such as the length
and number of columns, switching time, and liquid flow rates
in different sections is not straightforward in an SMBR. In most
cases, conflicting requirements and constraints govern the opti-
mal choice of the decision (operating or design) variables [14].
The design and optimization of an SMBR are essential in evalua-
tion of the process feasibility at industrial scale [15]. The design
and optimization of chromatographic reactors of simulated mov-
ing bed type has been subject of several publications [14-24].
The design of an SMBR will define geometric and operating
parameters that should lead not only to product separation, but
also to high reactant conversions. Moreover, the amount of cata-
lyst becomes an additional degree of freedom to the optimisation
problem.

Design procedures based on equilibrium theory were applied
to the separation of the reaction products in a non-reactive
SMB [25]. The region of complete separation of products
(separation triangle), was spanned by consecutive simulation
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Table 1

Applications of simulated moving bed reactor technology

Reaction Catalyst/enzyme Phase References
Isomerization of glucose A <> B Isomerase + adsorbent Liquid [9]
Inversion of sucrose A — B+ C Invertase Liquid [15,30-32]
Synthesis of dextran from sucrose dextranosucrase Liquid [33]
Conversion of glucose to glucose-6-phosphate A <> B Coenzyme ATP Liquid [34]
Hydrogenation of 1,3,5-trimethyl benzene A <> B Pt on alumina Gas [35]
Methanol synthesis from syngas A +B < C Metal catalysts Gas [36]
Oxidative Sm, O3 + activated Gas [13,37-39]
coupling of charcoal

methane adsorbent

2A+1/2B— C+D; YBayZr3Og 5 + activated

2A+B— E+2D; charcoal

A+3/2B— F+2D;

A+2B— G+2D

Saccharification of modified starch A — B+ C Maltogenase Liquid [12]
Hydrolysis of lactose A <> B+ C Lactase Liquid [40]
Esterification of Ion-exchange resin Liquid [41]
acetic acid with

B-phenethyl

alcohol

A+B<C+D

Esterification of acetic acid with ethanol A+ B <> C+D Amberlyst 15 Liquid [10,25]
Synthesis of bisphenol A from acetone and phenol A +2B < C+D Amberlyst 31 Liquid [11]
Production of lactosucrose from sucrose and lactose B-Fructofuranosidase Liquid [42]
Esterification of acetic acid with methanol A+ B < C+D Amberlyst 15 Liquid [43-45]
Synthesis Amberlyst 15 Liquid [46]
MTBE from

tert-butyl alco-

hol and methanol

A+B< C+D+E

Diethylacetal Amberlyst 15 Amberlyst 18 Liquid [20,47]
synthesis from

ethanol and

acetaldehyde

2A+B<~C+D

Isomerization of 2-methylpentane to 2,2 dimethylbutane MFI zeolite Gas [48]
Esterification of acrylic acid with methanol Amberlyst 15 Liquid [49]
Selective catalytic reduction (SCR) of NO, with NH3 Zeolite NO,CAT™ ETZ Gas [50]

using a detailed model that included the reaction kinetics [26].
Diinnebier et al. [24], presented a novel optimisation and design
strategy for an SMBR based on mathematical optimisation, arig-
orous process model and a detailed cost function. The results are
restricted to an existing SMBR unit geometry. The algorithm for
design of physical configuration of a new unit was proposed by
Biressi et al. [27] and extended by Azevedo and Rodrigues [15],
by inclusion of the reaction conversion as a design constraint and
a detailed model for the SMBR process. Recently, the use of the
multiobjective optimization of SMBR was proposed [14,28,29].

The main objective of this work is to present a novel simulated
moving bed reactor for p-xylene production, which combines
xylene isomerization and selective adsorption, operating in lig-
uid phase at temperatures between 453 and 573 K. The article
is arranged as follows: (i) the current industrial process for
p-xylene production will be briefly described; (ii) the xylene
isomerization will be reviewed; (iii) the novel SMBR appli-
cation to p-xylene production is described; (iv) simulation
of SMBR is addressed in order to find appropriate operating
conditions.

2. Xylenes separation/isomerization loop

The Cg aromatics fraction in a refinery consists mainly of
four xylene isomers, i.e., o-, m-, and p-xylene and ethylben-
zene; p-xylene is the one with major industrial importance since
it is widely used in the manufacture of synthetic fibres. How-
ever, the equilibrium amount of the p-xylene obtained in the
catalytic reformers is only 24% and therefore is not sufficient to
cover industrial demand. This problem is overcome in industry
by re-isomerization of the p-xylene depleted stream. A typi-
cal xylene separation/isomerization loop used in the industrial
p-xylene production is presented in Fig. 2. The loop consists
of an SMB unit and xylene isomerization reactor. In the SMB
unit the mixed xylenes stream is separated by selective adsorp-
tion in two streams: p-xylene reach stream-extract and p-xylene
depleted stream-raffinate. The p-xylene reach stream is collected
as final product. The p-xylene depleted mixture free of desor-
bent (toluene in Fig. 2, although p-diethylbenzene is often used
as desorbent) is sent to the xylene isomerization unit, where iso-
merization to equilibrium mixture of xylenes is carried out. The
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Table 2
Operating conditions of xylene separation/isomerization processes

Process Phase T (°C) P (bar) Adsorbent/catalyst
SMB p-xylene separation Liquid 170-185 8-9 Ba and/or K exchanged zeolite X and Y
Xylene isomerization Vapour (under H; flow) 380480 10-28 Dual-functional Pt catalyst ZSM-5 zeolites

Typical Parex-lsomar Loop

para-Xylene Light Ends
T |
oluene * Ha
Clay Patex lsomar Dehept
Treater Column
Xylene
Mlxed Splitter
Xylenes
L Ag+

Fig. 2. Schematic presentation of separation/isomerization loop (‘“Parex Pro-
cess”, 2006, UOP-Honeywell, USA).

xylene equilibrium mixture is then recycled to the feed of the p-
xylene separation unit-SMB. Operating conditions of industrial
an SMB p-xylene separation processes and xylene isomerization
are shown in Table 2.

Coupling of xylene separation and reaction (isomerization)
step in one unit under operating conditions given in Table 2 is
not possible, because of different operating temperatures and
different phases. The need of the hydrogen flow in the xylene
isomerization for catalyst protection from coking is an addi-
tional difficulty. Therefore we propose a novel SMBR unit for
p-xylene production by isomerization of xylene mixture free of
ethylbenzene operating in liquid phase.

3. Xylene isomerization kinetics and adsorption data

The type of catalyst used in the xylene isomerization depends
on the presence of ethylbenzene in the xylene mixture. When
ethylbenzene is present, bi-functional noble metal acid cata-
lysts are used and the isomerization reaction is carried out
under hydrogen pressure. Acid catalysts are used for isomer-
ization of xylene mixtures free of ethylbenzene. There are two
options for ethylbenzene conversion: inclusion of the ethylben-
zene in the xylene isomerization reaction and dealkylation of
ethylbenzene into benzene. Pure xylene isomerization on acid
catalysts is accomplished by several other conversion reactions,
e.g. dealkylation and transalkylation. It is known that there is
strong increase in the ratio between the rates of xylene iso-
merization and xylene disproportionation when zeolite pore
size becomes smaller [51]. A survey of xylenes isomerization
research, considering a triangular reaction scheme, is shown in
Table 3, where it can be observed that most of the isomerization
processes are carried out in the gas phase.

3.1. Modelling reaction kinetics of xylene isomerization

In this work the xylene izomerization in liquid phase in
absence of ethylbenzene is considered and literature data
presented by Cappellazzo et al. [56] are used. Cappellazzo and
co-workers investigated the kinetics of xylenes isomerization
in liquid phase over a ZSM-5 catalyst at temperature between
523 and 573K in a fixed bed catalytic reactor. They proposed
the triangular reaction scheme:

o-xylene

RN

m-xylene e p-xylene

1
Assuming a single site
Langmuir—Hinshelwood kinetics, the rate of reactions, ry,
are: 71 =(kicpx —k_1cmx)/D, r2=(kacmx —k_2¢ox)/D and
r3=(k3cox —k_3cpx)/D, where c¢; is the concentration of
the isomer i (i=0—x(1), m—x(2) and p —x(3)), K; is the
adsorption equilibrium constant for ith isomer, k; is the kinetic
constants for [ reaction and D =1+ KjxCpx + KinxCmx + KoxCox.-
In absence of mass transfer limitations the rates of consump-
tion of 0-, m-and p-xylene are:

surface rate controlled

Ry = (k3 +k_2)cp1 — kacpr — k_3¢p3 ()
Ry = (ko + k—1)ep2 — kicps — k—acpi (@)
R3 = (k1 + k—3)cp3 — k—1¢p2 — kacpi 3

Cappellazzo et al. [56] calculated the reaction kinetic con-
stants k; by fitting of the xylene isomerization experimental
data obtained in fixed bed catalytic reactor at 523, 553
and 573K by assuming D=1 (elimination the adsorp-
tion constants) and introducing the equilibrium reaction
constants Kyp =k_1/k1, Kmo =ka/k—» and Kop = k3/k_3 (elim-
ination of three kinetic constants) where Kmp = (Cpx/Cimx)eqs
Km0 = (Cox/Cmx)eqs Kop =(Cpx/Cox)eq are the equilibrium con-
stants for m-xylene to p-xylene, m-xylene to o-xylene and
o-xylene to p-xylene reactions, respectively.

Reaction equilibrium constants (Kyp, Kmo, Kop) at298.15 K
were calculated from the Gibbs free energy AG®° = —RT In(K),
where AG° = AH° — TAS®. The standard enthalpy and entropy
of reaction: AH® = 35 AHJ s — 2 AHggcrans and AS® =
2 ASDoduets — 2o ASgactanis Were computed from: standard
thermodynamic data: molar enthalpy (heat) of formation (A Hy)
and molar entropy (S°) presented in Table 4.
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Table 3

Survey of xylene isomerization investigations, considering a triangular reaction scheme (a) in gas phase and (b) liquid phase

System Type of reaction Application References
(a) Xylene/zeolite USY Xylene isomerization Experimental, kinetics study and modelling [52,53]
(a) Xylene/ZSM-5 Isomerization Modeling and kinetics [54]
(a) Xylene/ZSM-5 Xylene isomerization Test of catalyst, mechanism of reaction [55]
(b) Xylene/ZSM-5 Isomerization Modeling [56]
(a) Xylene/SiANi-4 Isomerization Mechanism of reaction [57]
(a) Xylene/AlANi-4 Isomerization Kinetics [58]
(a) Cg aromatics/Pt-zeolite Isomerization Modeling [59]
(b) Xylene/mordenite xylene/Hmordenite Xylene isomerization Testing of catalyst and/or kinetics [60,61]

Table 4
Standard thermodynamic data

p-Xylene o0-Xylene m-Xylene
AH (kJ/mol) —24.4 —24.45 —25.30
S° (J/mol) 249.52 247.06 253.05

The temperature dependence of the reaction rate was deter-
mined from Arrhenius equation: kj=k; (Trer) exp[—Ei/R
(VT —UTep)], I=1, =1, 2, =2, 3, =3 where Trer is
the reference temperature (7ef=553K). The values of
reaction rate constants obtained by Cappellazzo et al.
[56] at 553K are k_1=1.06x107°% k_,=0.64x 107°
and k_3=0.58 x 107°m3/(skg) and activation energies
E—Z(ox—)mx) =98.74, E—l(mx—)px) =135.98 and E—3(px—>0x) =
158.15kJ/mol for a liquid phase xylene isomerization on
ZSM-5 catalyst. The reaction rate constants in temperature
range between 453 and 573 K are presented in Table 5.

The kinetic of isomerization of xylene mixture containing
27.5 wt% o-xylene, 60.4 wt% m-xylene and 12.1 wt% p-xylene
was simulated and the equilibrium composition at different tem-
peratures between 453 and 573 K is presented in Table 6.

A more detailed fixed bed catalytic reactor model was
developed, including external mass transfer resistance, axial dis-

Table 5
Reaction rate constants at different temperatures

T (K) k x 108 (m3/skg)

ko k ko ko ks ks

453 0.15 0.30 0.56 0.22 0.03 0.04
493 2.89 5.49 4.66 1.84 0.88 1.17
533 3472 65.28 2833 1139 15.83 21.11
553 105.56 19639 63.61  25.83 57.78 76.94
573 29639  547.50 13472 5472 191.94 25528

Table 6

Equilibrium xylene composition at different temperatures

T (K) 0-x (Wt%) m-x (wt%) p-x (Wt%)
453 22.23 54.99 22.77

493 22.46 54.51 23.03
533 22.65 54.11 23.24

553 22.74 53.93 23.33

573 22.82 53.76 23.42

persion, diffusion inside catalyst pellet, coupled with chemical
reaction within an individual catalyst pellet, and is presented
in Appendix A. Nevertheless, the detailed models normally
requires longer computation time when applied for the simu-
lation of more complex systems, as for example the SMBR.
Therefore, it was also studied a simplified model by coupling the
external (film mass transfer) and internal mass transfer (pore dif-
fusion) in a single mass transfer step. The mass transfer from the
bulk liquid phase to the zeolite particle was presented with a lin-
ear driving force (LDF) model and total mass transfer coefficient
[62] see Appendix A.

Both models give good prediction of the steady state xylenes
(fixed bed reactor) outlet composition calculated by Cappel-
lazzo et al. [56]. Nevertheless, the lumped model was selected
and used in the modelling of the SMBR unit for p-xylene
production.

3.2. Xylene adsorption

The p-xylene and o-xylene adsorption isotherm on Ba
exchanged Faujasite type of adsorbent were measured exper-
imentally in the temperature range between 303 and 453 K [63].
According to the literature, the m-xylene isotherm is very similar
to that of o-xylene. Therefore, in this study the m-xylene adsorp-
tion isotherm is considered identical to the one of o-xylene.

The xylenes adsorption equilibrium is presented with the
Langmuir model. The experimental determined Langmuir
isotherm parameters at temperature between 303 and 453 K were
extrapolated to the temperature of 573 K.

The desorbent is such that the adsorption equilibrium is
that of p-diethylbenzene on KY zeolite at 453 K provided by
Neves [64]. The desorbent isotherm parameters on higher tem-
peratures were calculated relatively to the p-xylene adsorption
isotherm parameters. The ratio Kgesorbent/Kp-x and the ratio
Om desorbent/ Omp-x in the Langmuir isotherm, calculated at 453 K
was used to calculated the desorbent Langmuir parameters at
each temperature:

Kdesorbent(T) = 1-21364Kp—x(T) 4)

deesorbem(T) = 0.82655 Qmp—x(T) (5)

The xylenes and desorbent Langmuir isotherm parameters at
different temperatures are presented in Table 7.
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Table 7
Xylenes isotherm parameters at different temperatures
Component Temperatute
453K 493K 533K 573K
K On® K K Om K Om
p-Xylene 1.941 0.1024 1.215 0.0977 0.7570 0.0957 0.504 0.0940
0-Xylene 0.888 0.0917 0.649 0.0909 0.501 0.0900 0.401 0.0893
2 (m3/kg).
b (kg/kg).
4. Novel SMBR application for p-xylene production Table 8

The configuration of the novel SMBR for p-xylene pro-
duction is inspired on the scheme proposed by Hashimoto [9]
presented in Fig. 3, at time 0 and at switching time (#¥); in this
reference case there are two reactors and three adsorbers in zone
3.

The SMBR consist the four zones as the classical SMBR
scheme (see Fig. 1a). The characteristics of this configuration
are: (i) reactors just in zone 3; (ii) zone 3 starts with adsorber
and finishes with adsorber; (iii) the reactors switch in direction
of the liquid flow together with the inlet (feed and desorbent)
and outlet (extract and raffinate) streams; therefore the reactors
are fixed relatively to the inlet and outlet streams; and (iv) the
feed enters first in the adsorber (each switch time in the next
adsorber in direction of the liquid flow).

This SMBR process for p-xylene production will be inves-
tigated through numerical simulation, in order to identify the
governing design parameters.

Two different feed compositions were used in the simulation
study (see Table 8):

e Feed A composition (calculated on ethylbenzene free basis) is
that of the feed used in the PAREX unit. The weight percent

t=0

Feed composition of SMBR for p-xylene production

Component Feed composition (wt%)

Feed A Feed B
p-Xylene 27.44 0.68
m-Xylene 57.79 79.11
0-Xylene 14.77 20.21

p-xylene is higher than the one predicted from the reaction
equilibrium (see Table 6).

e Feed B composition is that of the raffinate stream from the
PAREX unit (the composition is calculated on ethylbenzene
and desorbent free basis). The weight percent p-xylene is
much lower than the one predicted from the reaction equi-
librium (see Table 6).

The SMBR unit used in the simulation study has the following
configuration: zone 1 (between the desorbent and extract node),
six adsorbent columns, zone 2 (between the extract and feed
node), nine adsorbent columns, zone 3 (between the feed and
raffinate node), six adsorbers and five reactors, starting with
adsorber and finishing with adsorber and zone 4 (between the
raffinate and desorbent node), three columns.

b

L H w L H ﬁrﬁh

| M 'T HH

t=t*

- e ‘—u

E X

- -
.

A

Fig. 3. SMBR configuration for p-xylene production with two reactors and three adsorbers in zone 3 (reference case), ([J) adsorber and (M) reactor.
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Table 9
SMBR operating conditions and model parameters

SMBR unit geometry
L.=1.135m
d.=4.12m
Ve=15.13m?
Number of columns: 29
Configuration: 6-9-(6 +5)-3

Operating conditions
T=453K
t*=1.15min
0f = 62.29m*h
0% = 96.44m*h
0} =197.83m%h
05 = 231.99m%/h
07 =674.47m%h

Model parameters

viLj _
bt =500

Pej =

£=0.39

&p=0.37

dp=0.062cm

Pp(ads) = 1.48 g/cm3

P p(caty =0.930 g/em?
kL(p—x, m-x, 0-x) = 5.02 min™
kL(p-DEB) =4.25min"!

The SMBR operating conditions and model parameters at
453 K are presented in Table 9.

5. Modelling of SMBR for p-xylene production

Two modelling strategies can be applied in the modelling
of the SMBR: true moving bed reactor and simulated moving
bed reactor model. Both strategies convey essentially the same
information at steady state, when large number of columns per
section is present. In the SMBR, the reactor columns switch
together with the inlet and outlet streams the catalyst actually
does not move relatively to the liquid phase. Therefore, the inter-
stitial liquid and solid velocity in the reactors and adsorbers in
the equivalent TMBR are:

o In the adsorbers:

liquid velocity : TMBR = USMBR — Us,

. . c
solid velocity : us = -

o In the reactors:

liquid velocity : vrMBrR = vsmBR, solid velocity : ug = 0

The equivalent TMBR to the SMBR configuration presented
in Fig. 3 (reference case) is given in Fig. 4.

SMBR modelling strategy is more precise than the TMBR
model, since it represents the actual physical equipment opera-
tion. However, due to the higher computational effort required in
the solution for SMBR strategy, especially when a large number
of columns are involved, the TMBR strategy has been considered
in the SMBR performance prediction. The proposed mathe-
matical model is based on following assumptions: steady state
operation; the feed is free of ethylbenzene; the desorbent does
not react with the xylenes; the reaction of isomerization takes
place just in zone 3; mass transfer coefficients and physico-
chemical parameters are independent of mixture composition;
bed void fraction, radius and porosity of the adsorbent and cata-
lyst are equal; the apparent density of the adsorbent and catalyst
are different; negligible thermal effects, isothermal operation;
negligible pressure drop and constant interstitial fluid velocity
along each section.

The steady state TMBR mathematical model considers axial
dispersion flow for the liquid phase and plug flow for the solid
phase, linear driving force (LDF) for the intraparticle mass
transfer rate and multicomponent adsorption equilibria for the
adsorption columns and triangular reaction scheme for xylene
isomerization for reaction columns. Model equations are:

Bulk fluid mass balance for component i in zone j:

dzcij dC,‘j 1—¢3 _
DLjidZZ =V T gku(cij — Cpij)
i=1,2,3(x,mx,px)j=1,2,3,4 (6)

where c;j and ¢p;; are the bulk and average particle concentrations
in fluid phase of component i in zone j of the TMBR, respectively,

adsorber - reactor
solid phase
e —  — d— d— d— -d— p— e | d— | d— —
e |02 |0 | 02 | 02 | > | > Bemdll —> e il ——> | ——> | ——> | ——> [—x
(9] Y y
E vX F v R
V
liquid phase

Fig. 4. Equivalent TMBR presentation of SMBR with 2 reactors and 3 adsorbers in zone 3 (reference case in Fig. 3).
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ki is the global mass transfer coefficient of component i, ¢ is the
bulk porosity, Dy ; and v; are the axial dispersion coefficient and
the interstitial velocity in zone j, respectively, rp is the particle
radius, z is the axial coordinate.

Adsorbent particle mass balance to component i in zone j:

0 = us (s Lol pyad >d"”> + 2 kuitey — i) 7
- S S 1 1 1]
p dz pla dz o J py
Multicomponent adsorption equilibrium isotherm:
KiCpij
qij = 0 i —
S Y Ky
Catalyst particle mass balance for component i in zone 3:
3

0= r*kLi(Cij — Cpij) + Ppcaty Rij )
p

®)

Rate of reaction:

Rij = (ks + k-2)Tp1j — kaCp2j — k—3Cp3; (10a)
Ryj = (ko + k—1)cp2j — ki1Cp3j — k—28p1 (10b)
R3j = (ki +k_3)cp3j — k—1Cp2j — k3Cpi (10c)
Boundary conditions
dc;j ;
z=0: DLjd—Z’f =vj(cij — cj}) (11a)
(a) ©
hx
5 4 0-X
o~ 4
£
3
s
24

(b) >
— X
—m-x
0-X
4 -
G"DE 3 4
)
°
E
¢ 27

01E1X TF lRl

Fig. 5. Steady state concentration profiles in equivalent TMBR with (a) feed A
and (b) feed B.

dC‘ .

z=1L: d—” =0 forreactors (11b)

b4

dc;i _ _

z=1L: dizlj =0 and ¢Cpijrj = Cpijs2,0

for adsorbers in section 3 (11¢)
dCl'j _ _

z=1L: TZ =0 and Cpij,Lj = Cpij+1,0

for adsorbers in the others sections (11d)

where g;; is the adsorbed phase concentration of component i
in section j in equilibrium with &p;;, us is the solid velocity and
&p is the particle porosity, pp is the particle density (adsorbent

(a) 100 -

95 +

90 4

85 4

Purity, %

80

Lh —m— PUX

weedr- PUR

1 1.05 11 1.15 12 1.25
t*, min

—_
o
~

PR, kg/m® h
By jgw ‘08

1.75 4

0.75 -
05 -
0.25 1

1 1.05 1.1 1.15 1.2 1.25
t*, min
Fig. 6. Influence of the switching time for feed A on the (a) extract and raffi-

nate purities; (b) p-xylene productivity and desorbent consumption; (c) p-xylene
deviation from the equilibrium.
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or calatyst), R is the rate of the chemical reaction relative to the
average particle concentrations (Cp;;), Om; and K; represent the
saturation adsorption capacity and the equilibrium constant for
component i, respectively.

Mass balances at the nodes of the inlet and outlet lines of the
TMBR

e Desorbent node:

Q4+ 0p =01 (12al)

4 Q4+ cipQOp =/ 01 (12a2)
e Extract node:

01-0x=0> (12b1)

Y =clh = cix (12b2)
e Feed node:

0>+ Or = 03 (12c1)

502 + i pQOF = 3 03 (12c2)
e Raffinate node:

03— Or = Q4 (12d1)

o5 = C%,n4 =CiR (12d2)

In these equations, Q; is the flow rate through zone j; Op is the
desorbent flow rate, Or the feed flow rate, Qx the extract flow
rate and Qg the raffinate flow rate. The fluid flow rates are related
to the liquid-phase velocity, vj, by Q; = eAv;, where A is the
zone (column) cross-section area.

The process performance was evaluated through the criteria:

e Extract purity (%):

PUX = Cpx.X « 100
Cox,X T Cmx,X + Cpx,X
o Raffinate purity (%):
PUR = — CoRFTEmR 60

Cox,R + Cmx,R + Cpx,R

e Desorbent consumption (m>/kg):

sco 9o
Cpx,X QX
e Productivity (kg/(hm?))

PR — Cpx, X Ox
Vads + Ceat

e p-Xylene deviation from equilibrium:

_ Oxcpx,x + ORCpx R
FCpx,e
OFCpx.eq

DE

(a) 100 -4FII—I—I—|=.\.

954 &-A

90 4

Purity, %

85 4

80

(b) 25 14

15 1 Los

F06

PR, kg/m® h
Byjw ‘08

10 1
F04

B Lo2
o
(R e . 0

1.12 1.14 1.16 1.18 1.2 1.22 1.24 1.26
t*, min

(c) 1

0.8

0.6 4

DE, -

0.4+

0.2 -

0 T T T T T T
1.12 1.14 1.16 1.18 1.2 1.22 1.24 1.26

t', min

Fig. 7. Influence of the switching time for feed B on the (a) extract and raffi-
nate purity; (b) p-xylene productivity and desorbent consumption; (c) p-xylene
deviation from equilibrium.

where cpxeq is the p-xylene equilibrium composition. The
p-xylene equilibrium composition at different temperatures
between 453 and 573 K is presented in Table 6.

The model equations were solved with gPROMS (“gPROMS
v2.2 User Guide”, 2003), from Process System Enterprise,
http://www.psenterprise.com. The mathematical model involves
a system of partial and algebraic equations (PDAEs). A
third order orthogonal collocation in finite elements method
(OCFEM) was used in the discretization of axial and radial
domain. Twenty-three elements, with two collocation points in
each element, were used in discretisation of the axial and radial
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Fig. 8. Steady state concentration profiles in equivalent TMBR with feed B for different switching time: (a) 1.13 min; (b) 1.145 min; (c) 1.1465 min; (d) 1.147 min;

(e) 1.15 min; (f) 1.17 min.

domain, respectively. The system of ordinary differential and
algebraic equation (ODAEs) was integrated over time using the
DASOLY integrator implement in gPROMS. For all simulations
was fixed a tolerance value equal to 107>,

6. Simulation of SMBR for p-xylene production

The equivalent TMBR steady state profiles calculated for the
operating conditions given in Table 9 for feed A and B, are
presented in Fig. 5a and b, respectively.

6.1. Influence of the switching time on SMBR performance

The influence of the switching time on SMBR performance
was studied for both type of feed (feed A and B) at 453 K. The
SMBR performance considered here are: extract and raffinate

purities, p-xylene productivity, desorbent consumption and p-
xylene deviation from reaction equilibrium composition. The
desired performances are maximum p-xylene productivity, max-
imum p-xylene deviation from the equilibrium and minimum
desorbent consumption, within required extract and raffinate
purities. The minimum required extract and raffinate purities,
in the study of the influence of the switching time, were set on
99% and 95%, respectively.

The effect of the switching time on equivalent TMBR perfor-
mance in the case of feed A is presented in Fig. 6. The best SMBR
performances were obtained for the switching 1.08 min. The p-
xylene deviation from the equilibrium is high above 1, indicating
that p-xylene is produced in a considerably higher quantity than
that predicted by the isomerization reaction equilibrium. For a
switching time higher than 1.08 min the extract and raffinate
purities do not change significantly; however, the p-xylene pro-
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Fig. 9. Influence of the length of the reactor columns on the (a) extract and
raffinate purity; (b) p-xylene productivity and desorbent consumption; (c) p-
xylene deviation from equilibrium for feed A.

ductivity and deviation from the equilibrium decrease rapidly
and desorbent consumption increase notably. For a switching
time lower than 1.08 min the p-xylene purity decreases below
99%.

The influence of the switching time on equivalent TMBR
performance in the case of feed B is presented in Fig. 7. The best
performances were obtained for the switching time 1.147 min.
For values of the switching time lower or higher than 1.147 min
similar behaviour of the unit performance has been observed
as in the case of feed A. When feed of composition B is used
the p-xylene deviation does not reach 1, which means that the
p-xylene cannot convert to the equilibrium composition.

The TMBR steady state concentration profiles in the case of
feed B for different switching times, starting from #*=1.13 min
until ##=1.17 min is presented in Fig. 8. It can be observed that
for values of the switching time around 1.147 min the distribu-
tion of the xylene profiles in zones 2 and 3 could be very different.
For example, for switching time 1.145 min the m-xylene and o-
xylene concentration profiles spread in both zones 2 and 3 and
for slightly higher value of the switching time (1.147 min) they
pass to zone 3, leading to pure p-xylene in the extract. Similar
behaviour was noticed in the case of feed A, suggesting that
from practical reasons is preferable to work with a switching
time slightly higher than the optimal value (1.08 min for feed A
and 1.147 for feed B), since when operating in these conditions
a small disturbance in the switching time could lead to impure
p-xylene.



M. Minceva et al. / Chemical Engineering Journal 140 (2008) 305-323

317

6

(a) s (b)
5 5

— 4 4

5 t

3 3 % 3

£ E
21 © 2
14 1
04 0
Ie

(c} 6 (d *

¢ (mol/dm?)

TomaK |

¢ (mol/dm®)

Elx TF

Fig. 11. Steady state concentration profiles in equivalent TMBR with feed A at (a) 453 K; (b) 493 K; (c) 533 K; and (d) 573 K (operating conditions in Table 12).

6.2. Influence of the reactors length on SMBR performance

The influence of the reactor column length on the SMBR
performance was studied. For this purpose the adsorbent length
was keep constant (1.135 m) and the reactor length was changed
starting from 0.535 muntil 2.035 m. The flow rates in all sections
are those presented in Table 9. One should keep in mind that the
liquid flow rate in the reactor column for equivalent TMBR is
the same as that in the SMBR and for the adsorbent column is
calculated as vTMBR = VSMBR — Us. Thus change of the reactors
length will not influence the solid and liquid velocity in the
TMBR.

The effect of the reactor length on equivalent TMBR perfor-
mance in the case of feed A is presented in Fig. 9.

The best SMBR performances were obtained for the reactor
column length 0.535 m. This has to do with the composition of
feed A. The content of p-xylene in feed A is above its reaction
equilibrium composition. Using shorter reaction columns with
the same liquid flow rate in zone 3 leads to shorter residence
time and therefore lower conversion of p-xylene to o-xylene
and m-xylene, and therefore more p-xylene in the extract.

The effect of the reactor length on the TMBR performance
in the case of feed B is presented in Fig. 10.

The best performances were obtained for the column length
between 0.835 and 1.235 m. In this region the extract purity is
constant and raffinate purity decrease slightly with increase of
the reactors length. With increase of the reactor columns length

the residence time become longer and more p-xylene is pro-
duced manly from m-xylene. Thus, the p-xylene deviation from
the equilibrium increases with increase of the reactors length.
Both p-xylene productivity and desorbent consumption decrease
with increase of the reactors length and if more importance is
given to p-xylene productivity reactor columns with 0.835 m
length should be used; if more importance is given to the des-
orbent consumption the reactor columns with 1.235 m should
be selected. Otherwise, the reactors length should be chosen
according to some economical trade-off between the p-xylene
productivity and desorbent consumption.

6.3. Influence of the temperature on SMBR performance

The influence of the operating temperature on the SMBR per-
formance was studied in a temperature range between 453 and
573 K. The operating conditions were the same for all temper-
atures. The operating conditions used in the case of feed A and
feed B are presented in Table 10. The temperature would influ-
ence the adsorption and reaction parameters. The adsorption
equilibrium parameters, reaction kinetic constants and reaction
equilibrium composition are presented in Tables 5-7, respec-
tively.

The increase of the temperature would lead to lower adsorp-
tion capacity of the adsorbent, faster mass transfer and faster
xylene isomerization. Also, the number of the moles of xylene
introduced in the SMBR for a constant feed flow rate will
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Fig. 12. Influence of the temperature on equivalent TMBR performance for
feed A: (a) extract and raffinate purity; (b) p-xylene productivity and desorbent
consumption; (c) p-xylene deviation from equilibrium.

decrease with increase of the temperature. The xylene isomer-
ization equilibrium composition does not change significantly
with the increase of the temperature (see Table 7).

In Fig. 11, the TMBR steady state concentration profiles at
453, 493, 533 and 573 K for feed A are presented. The effect of

Table 10
SMBR operating conditions

SMBR unit geometry Operating conditions

Feed A Feed B
L.=1.135m, t*#=1.15min t*=1.15min
d.=4.12m, 05 = 62.29m%h 05 = 62.29m%h
Ve=15.13m%, 0% = 89.64m*h 0% =91.19m*h
number of 0} =204.63m*h 05 =203.09m*h
columns: 29, 0} =231.99m’h 03 =231.99m*/h
configuration: 0F = 674.47m*/h 0F = 674.47m*/h

6-9-(6+5)-3
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Fig. 13. Influence of the temperature in equivalent TMBR performance for feed
B: (a) extract and raffinate purities; (b) p-xylene productivity and desorbent
consumption; (c) p-xylene deviation from equilibrium.

the operating temperature on the TMBR performance in the case
of feed A is presented in Fig. 12. For the given operating condi-
tions (Table 11) the best SMBR performance were obtained at
533K.

Table 11
The optimum switching time and y; at different temperatures in the case of feed
A

T (K) * (min) 12 12) V3 V4

453 1.05 1.106 0.837 1.024 0.411
493 1.09 1.148 0.869 1.063 0.427
533 1.15 1.211 0.917 1.121 0.450
573 1.23 1.295 0.981 1.199 0.482
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Fig. 14. The TMBR performance at different temperature (a) extract and raffi-
nate purity; (b) p-xylene productivity and desorbent consumption; (c) p-xylene
deviation from equilibrium for optimum switching time and feed A.

At573 K all xylenes are distributed in zones 2 and 3 and there-
fore the separation of p-xylene from m-xylene and o-xylene is
not possible. Anyhow, this does not mean that the pure p-xylene
production is not possible at this temperature. The operating
conditions should be adjusted for this temperature to yield to
p-xylene separation.

The effect of the operating temperature on equivalent TMBR
performance in the case of feed A is presented in Fig. 12 and in
case B on Fig. 13.

For the given operating conditions (Table 11) the best SMBR
performance were obtained at 453 K and the separation was not
possible above this temperature. Again this does not mean that
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Fig. 15. The TMBR performance at different temperature (a) extract and raffi-
nate purity; (b) p-xylene productivity and desorbent consumption; (c) p-xylene
deviation from equilibrium for optimum switching time and feed B.

for another operating condition the best performances would be
at the same temperature.

The comparison of SMBR performance at different tem-
peratures should be done by comparison of SMBR optimised
performance at each temperature for a given feed flow rate, or
more precisely for a given number of moles of xylenes intro-
duced in the SMBR. The optimisation of a given SMBR with
previously defined unit configuration considers determination
of the switching time and flow rates in each zone that lead to
best performance. In this particular case the optimum SMBR
performance means the desired extract and raffinate purities,
with maximum p-xylene deviation from the equilibrium and
maximum p-xylene productivity and in same time minimum
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Table 12
The optimum switching time and y; at different temperatures in the case of feed
B

T (K) * (min) Vi 12) V3 1Z!

453 1.13 1.190 0.409 0.578 0.825
493 1.16 1.221 0.414 0.586 0.840
533 1.22 1.284 0.423 0.602 0.869
573 1.35 1.421 0.442 0.633 0.930

desorbent consumption. The complete SMBR optimisation is a
multiobjective problem. At this point just optimisation of the
switching time for a fixed TMBR flow rates, corresponding to
those presented in Table 10, is considered. The switching time
was optimised for each temperature in the case of feed A and B.
Optimisation of the switching time at each temperature consid-
ers determination of the switching time that leads to maximum
p-xylene productivity, within minimum 99% extract purity. The
optimum switching times and corresponding liquid/solid inter-
stitial velocities ratio, y;, (y; = v;/us) at different temperatures
for equivalent TMBR fed with feed of type A and B are presented
in Tables 11 and 12, respectively.

The TMBR performance at the optimum switching time
at each temperature for feed A and B, are presented in
Figs. 14 and 15, respectively. In both case, feed A and feed
B, the best performances were obtained at 453 K. The optimum
temperatures for feed of type A and B obtained by the optimisa-
tion of the switching time at each temperature is different from
the ones determined before. Also, the TMBR performances were
significantly improved. The final decision of the operating tem-
perature should be make just after optimisation of the SMBR
unit design and operation, taking into consideration the all deci-
sion parameters as the number of absorbers and reactors, their
geometry, adsorbent and catalyst particle size, the flow rates in
each zone, switching time and operating temperature.

7. Conclusions

The novel SMBR application for p-xylene production by iso-
merization of xylene mixture free of ethylbenzene is proposed.
The SMBR unit consists of separated reactor and adsorption
columns operating in liquid phase at temperature between 453
and 573 K. The SMBR configuration contains reactors just in
zone 3. There are five reactors and six adsorbers in zone 3,
which starts with adsorber and finishes with an adsorber. The
feed enters first in the adsorber; moreover, the reactors switch
in direction of the liquid flow together with the inlet and outlet
streams; therefore they are fixed relatively to the inlet and outlet
streams.

Two types of xylenes feed were considered: feed A, where
the p-xylene composition is above its reaction equilibrium com-
position and feed B, where the p-xylene composition is below its
equilibrium composition. The SMBR unit was modelled using
the equivalent TMBR strategy and its operation was studied
through simulation. The influence of the switching time, reactors
length and operating temperature on SMBR performances was
evaluated. The SMBR performances were the extract and raffi-

nate purities, p-xylene productivity, desorbent consumption and
p-xylene deviation from equilibrium. The performance is very
sensitive to small changes of the switching time especially for
switching times that leads to best SMBR performance. For both
types of xylene feed is better to use shorter reactors (0.535 m in
the case of feed A and 0.835 m in the case of feed B) and to work
on lower temperature (453 K for feed A and B). When p-xylene
in the feed is above its reaction equilibrium composition the
values of the p-xylene deviation from equilibrium could reach
value of 1.75, otherwise the p-xylene deviation from equilibrium
is below 1.
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Appendix A. Modelling and simulation of fixed bed
catalytic reactor for xylenes isomerization

In the work of Cappellazzo et al. [56] simple mass balance
equations are used to calculate the xylene concentration at the
outlet of the catalytic reactor. In this section a more detailed
fixed bed catalytic reactor model was developed. The model
includes external mass transfer resistance, axial dispersion, dif-
fusion inside catalyst pellet, coupled with chemical reaction
within an individual catalyst pellet. Model equations are:

Bulk fluid mass balance for component i (i=1, 2, 3 (ox, mx,

PX))

326‘i 8Cl' 86‘1' 1—¢

L? = Uaiz + o + ki(ci — cpilr,) (A1)
with the boundary conditions:
Bci
z=0: DpL— =v(c;i — ¢F) (A2a)
0z
8C,‘
z=L: —=0 (A2b)
0z
Particle mass balance for component i
Pepi 2 dcpi dci
De; < 972 + ; or = EPE + pp(cat)Ri (A3)
with the boundary conditions
3Cp,‘
r=rp: De ar = kfi(ci — Cpi|rp) (Ada)
3Cp,'
r=0: =0 (A4b)
or

Reaction rates of consumption of o-x, m-x and p-x are R1, R2
and R3 given by Egs. (1)-(3).

Initial conditions are: t=0: ¢; =0, ¢,; =0.

In the above equations ¢; and ¢y are the liquid bulk and pore
concentrations of component 7, ¢ and &, are the bed and catalyst
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porosity, pp(car) s the catalyst apparent density, kg; is the film
mass transfer coefficient of component i, De; is the effective
pore diffusion coefficient of component i, Dy, and v are the axial
dispersion coefficient and the interstitial velocity, respectively,
rp is the particle radius, 7 is the time variable and z is the axial
coordinate.

The model parameters [56] used in the simulations are pre-
sented in Table Al. The fixed bed reactor was simulated for
five different LWHSV (liquid weight hourly space velocities)
at temperature 553 K. The same feed composition 27.5 wt% o-
xylene, 60.4 wt% m-xylene and 12.1 wt% p-xylene was used in
all simulation runs.

In the work of Cappellazzo et al. [56] the xylenes concentra-
tion histories at the outlet of the catalytic reactor are not reported.
The reactor concentration histories calculated with the proposed
model for different LWHSV are presented in Fig. Al.

Table Al
Fixed bed reactor model parameters
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rp (m)

d. (m)

L (m)

D.. (m2/s)

LWHSV x 103 (s71)
T (K)

&b

ép

pp (kg/m?)

o1 (kg/m®)

Dy, (m?/s)

Feed composition (wt%)

1x1073

3.1x1072

33

1.61 x 107

5.556; 2.778; 1.306; 0.694; 0.472
553

0.4

0.4

930

900

472 %x107°
0=275,m=60.4,p=12.1

(a) 06 (b) 0.6
0.5 0.5 /
I
0.4 0.4 iy
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0.1 0.1
0-X ——— M=X wm—D-X 0-X M =X s P-X
0 - ; 0 ; ; ;
0 5 10 15 0 5 10 15 20 25
t, min t, min
(c) 06 (d) 06
0.5 / 0.5 - /_
0.4 / 0.4 /
’ 3 /
0.3 A ‘; S 034 /
/
0.2 0.2 /
0.1 0.1
0-X —— M-X s P-X 0-X ——— M =X —p-X
0 ; . ; 0 - ; :
0 10 20 30 40 0 20 40 60 80
t, min t, min
(e) 06
05 -
W 044
£
© 03
0.2
0.1
0-X —— M- =——p-X
0
0 20 40 60 80 100
t, min

Fig. Al. Concentration histories at the outlet of the fixed bed catalytic reactor: (a) 5.56 x 1073571 (0) 278 x 1073571 (¢) 1.31 x 1073571 (d) 0.694 x 1073571,

(€) 0.472 x 1073 s~ LWHSV.
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Table A2
Comparison of the steady state fixed bed catalytic reactor outlet composition calculated by Cappellazzo et al. [56] and in this work
LWHSV (h—!) Cappellazzo et al. [56] This work
m-x (Wt%) p-x (Wt%) 0-x (Wt%) m-x (Wt%) p-x (Wt%) 0-x (Wt%)

20 56.5 17.5 26.0 56.3 17.9 25.9
10 54.7 204 249 54.5 20.6 24.8

4.7 53.5 229 23.6 53.6 22.8 23.6

2.5 535 23.7 22.8 53.8 23.3 23.0

1.7 53.7 23.8 22.5 539 23.3 22.8

In absence of concentration histories for comparison, the
steady state outlet composition calculated by Cappellazzo et
al. [56] and the proposed model, for different LWHSYV, were
compared (see Table A2).

As shown in Table A2, the xylene steady state outlet composi-
tion calculated with both models is very close. The disadvantage
of the detailed models is that normally they require longer com-
putation time when applied for the simulation of more complex
systems, as for example the SMBR. Therefore the above model
was simplified by coupling the external (film mass transfer) and
internal mass transfer (pore diffusion) in a single mass transfer
step. The mass transfer from the bulk liquid phase to the zeolite
particle was presented with a Linear Driving Force (LDF) model
and total mass transfer coefficient [62]:

The model equations for the simplified model are now:

Bulk fluid mass balance for component i (i=1, 2, 3 (ox, mx,

PX)):

P A o 1—e B}
L32 = V5 + o + kyi(ci — Cpi) (AS)
with boundary conditions given by Eqs. (A4a) and (A4b).
Particle mass balance for component i
3 _ az'pi
r*kLi(Ci - Cpi) = SPW + Pp(can Ri (A6)

P

The reaction rates for o-x, m-x and p-x are given by Egs. (1)—(3)
but the species concentrations are Cp, ox, Cp,mx and Cp,_ px.

The initial conditions are: t=0, ¢; =0 and ¢p; = 0. Here ¢p;
is the average pore concentration of species i.

The ki ; is the global mass transfer coefficient of component

1 1

I +
Kui ke

1

— (AT)
epkp

The mean value estimated of the internal mass transfer coeffi-
cient was calculated as [65] k; = (5D /7)/7p.

The external mass transfer coefficient was estimated by the
Wilson and Geankoplis correlation [66], Shy, = 1.09/8(RepSc)0'33
0.0015 < Rep, < 55 where Shy and Re,, are, respectively, the Sher-
wood and Reynolds numbers, relative to particle and Sc is the
Schmidt number:

_ pdpv

s Rep = s a
"

Sc = ——
PDm

The concentration history at the outlet of the reactor for
5.56x 1073s~! LWHSV was simulated using the lumped

0.6

0.5

0.4 1

cilce

0.3

0.2

0.1

75 10 125

t, min

5

Fig. A2. Comparison of the concentration history at the outlet of the column
calculated by (—) the film-pore diffusion model and (CJ) lumped model for
liquid weight hourly space velocity (LWHSV) of 5.56 x 1073 s~!.

model Egs. (A5)-(A7) and compared with those calculated by
the detail model Egs. (A1)—(A4) (see Fig. A2). Both models give
identical prediction of the concentration profiles.
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